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Abstract

Within the concept of heterogeneous-continuum mechanics, the present work numerically, in the two-velocity, two-temperat
approximation, examines the turbulent flow of an air–drop mixture through a duct. Effects due to drop evaporation, deposition of drops from
the flow onto the duct wall, heat transfer due to direct contacts of drops with the wall, the stochastic motion of drops, and non
turbulent fluctuations of their velocities on the heat- and mass-transfer processes in the turbulent flow are studied.
 2004 Elsevier SAS. All rights reserved.
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1. Introduction

The mathematical description of gas–drop mixtures w
fine drops with allowance for phase transitions is a top
problem both from the theoretical and practical point
view because such flows often occur in nature and fo
wide application in industry. Examples of natural two-ph
flows are given by the drop motion in clouds and mis
and also by the interaction between the atmosphere
ocean. The most important technical applications of suc
flows include atomization of liquid propellants, protecti
of working surfaces in engines, and also the use of th
flows in power-plant components, in chemical reactors,
in air-conditioning systems.

It should be noted that, normally, relatively small ma
concentrations of the liquid component are sufficient
obtaining rather profound intensification phenomena. A
rule, with the mass content of liquid phase in the mixt
not exceeding several percents, the heat-transfer inte
can be raised by one order of magnitude. Such eff
were observed both for laminar two-phase flows in tube
around plates (see, e.g., [1,2]) and for turbulent flows (
e.g., [3–12]).
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E-mail address:terekhov@itp.nsc.ru (V.I. Terekhov).
1290-0729/$ – see front matter 2004 Elsevier SAS. All rights reserved.
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The mechanism underlying the heat transfer intensifi
tion in flows with such heat carriers consists in using
latent heat of vaporization of liquid drops. The drop ev
oration depends on a multitude of thermogasdynamic p
meters, which fact seriously hampers the theoretical des
tion of combined heat- and mass-transfer processes in du
gas–drop flows. That is why authors of many numerical s
ies (see, for instance, [3–5,10,11]) were forced to emplo
number of simplifying assumptions; these assumptions
not allow them to develop a rigorous theory of heat- a
mass-transfer in two-phase flows even for physically sim
laminar flow mode. With a non-condensinggas present in
mixture, there arises another mechanism, causing addit
complications, which governs the vapor diffusion from l
uid drops to the vapor–gas mixture; as a result, it beco
necessary to solve interrelated energy and diffusion e
tions for the vapor–gas mixture [2,3,6,8–11].

The deposition of liquid drops onto the tube wall m
have a profound influence on the heat- and mass-tran
processes. Experimental andnumerical studies of heat tran
fer in tube gas–drop flows were reported by [3,12]. A co
parison of theoretically predicted wall temperatures w
measured ones showed that the intensification of heat t
fer between the wall and drops depends on many fac
including the drop concentration, the Reynolds number,
the wall temperature. The localheat transfer coefficient de
creases with increasing wall temperature and increasing he
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Nomenclature

A = πd2/4 drop area cross-cection . . . . . . . . . . m2

B = πd2 drop surface area . . . . . . . . . . . . . . . . . m2

b1D = (KV S − KV )/(1− KV S) diffusional injection
parameter for the vapor released by an
evaporation, which should be found from the
saturation curve

CD coefficient of resistance
Cf /2 = (µ+µT )(∂U/∂r)W

ρU2
0,m

skin friction coefficient

Cp,CpA,CpL,CpV heat capacities of mixture, air,
liquid, and vapor . . . . . . . . . . . . . . . . J·kg−1·K−1

D vapor diffusivity in air . . . . . . . . . . . . . . . m2·s−1

DxL,DrL turbulent diffusivities of drops in the axial
and radial directions due to the stochastic
motion of drops and their entrainment into the
gas flow by intense vortices . . . . . . . . . . . m2·s−1

d drop diameter . . . . . . . . . . . . . . . . . . . . . . . . . . . . m
dP particle diameter . . . . . . . . . . . . . . . . . . . . . . . . . m
fθv function that describes the entrainment of liquid

drops into the intense pulsations of the gas-phase
velocity and the gas-phase temperature

g gravitational acceleration . . . . . . . . . . . . . . m·s−2

gk, gε coefficients of drop entrainment into the
micropulsational motion of the gas flow

G mass flow rate . . . . . . . . . . . . . . . . . . . . . . . kg·s−1

GE mass flow rate from evaporating drop . . kg·s−1

J mass flux of vapor from the surface of
evaporating drop . . . . . . . . . . . . . . . . . kg·(ms)−1

k turbulent kinetic energy . . . . . . . . . . . . . . m2·s−2

KA,KV mass concentration of air and vapor in binary
vapor–air mixture

KV S mass concentration of vapor at the drop surface
an evaporating corresponding to saturation
parameters at the drop temperatureTL

L heat of vaporization . . . . . . . . . . . . . . . . . . J·kg−1

Le = Pr/ScLewis number
m = ρLπd3/6 drop mass . . . . . . . . . . . . . . . . . . . kg
MA,MV ,ML air, vapor, and liquid mass concentration

in the triple air–vapor–drops mixture
n = ρML1

ρLπd3
1/6

numerical density of drops . . . . m−3

Nu = α2R/λ Nusselt number
NuL = αd/λ drop Nusselt number
NuP = αP dP /λ Nusselt number non-evaporating

particle
P pressure . . . . . . . . . . . . . . . . . . . . . . . . . . . . N·m−2

Pr = Cpµ/λ Prandtl number
qE heat spent on evaporation of liquid drops in the

flow. . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . W·m−2

qF heat spent on heating the vapor–gas
flow. . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . W·m−2

qW heat flux density supplied to the wall . . W·m−2

qWF heat flux density supplied to the gas–vapor–dro
flow. . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . W·m−2

qWL heat flux density due to the conductive heat
transfer upon immediate drop/wall
contacts . . . . . . . . . . . . . . . . . . . . . . . . . . . . W·m−2

� absolute gas constant . . . . . . . . . . . J·mol−1·K−1

R tube radius. . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . m
ReJ = Jd/µ Reynolds number calculated from the

mass rate of the vapor flow from the surface of
an evaporating drop

ReL = ρd
√

(U − UL)2 + (V − V L)2/µ Reynolds
number of disperse phase

ReT = k2/εν turbulence Reynolds number
U,V velocity component in axial and radial

directions . . . . . . . . . . . . . . . . . . . . . . . . . . . . m·s−1

〈uv〉 = −νT
∂U
∂r

turbulent stresses in gas
phase. . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . m2·s−2

〈uLvL〉 correlations between the longitudinal and
transverse pulsating velocities of liquid
drops . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . m2·s−2

	U = U − UL relative velocity of the two
phases . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . m·s−1

〈u2〉, 〈v2〉 root–mean–square velocity fluctuations in
axial and radial directions . . . . . . . . . . . . m2·s−2

U∗ wall friction velocity . . . . . . . . . . . . . . . . . . m·s−1

Sc = ν/D Schmidt number
Sh = βd/D Sherwood number

StD = −ρV D
∂K∗

V

∂r
/ρU(K∗

V − KV ) diffusional
Stanton number

T ,TL mixture and drop temperatures . . . . . . . . . . . . . K
〈tv〉 = − νT

PrT
∂T
∂r

turbulent heat flux in gas

phase . . . . . . . . . . . . . . . . . . . . . . . . . . . . . K·m·s−1

t amplitude of gas-temperature pulsations . . . . K
Tu turbulence intensity in the flow
VLW drop deposition velocity . . . . . . . . . . . . . . . m·s−1

V T P+ dimensionless turbophoresis velocity

W = (1+Re2/3
L /6) correction factor for

the Stokes law
We = ρ| �U − �UL|d1/σ Weber number
y coordinate normal to the wall . . . . . . . . . . . . . . m

Greek symbols

α heat transfer coefficient . . . . . . . . . W·m−2·K−1

β mass transfer coefficient . . . . . . . . . . . . . . . m·s−1

δ boundary layer thickness . . . . . . . . . . . . . . . . . . m
ε dissipation rate of turbulent kinetic

energy . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . m2·s−3

Φ volume mass concentration of drops
Γ E = νT /〈u2〉 is the geometric scale of the

phase-carrier turbulence . . . . . . . . . . . . . . . . . . . m
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λ thermal conductivity . . . . . . . . . . . . W·m−1·K−1

µ dynamic viscosity . . . . . . . . . . . . . . . . . . N·s·m−2

µT eddy viscosity . . . . . . . . . . . . . . . . . . . . . N·s·m−2

ν kinematic viscosity . . . . . . . . . . . . . . . . . . m2·s−1

Θ relative temperature profile
〈θvL〉 correlation between the drop-temperature

fluctuations and drop-velocity
fluctuations . . . . . . . . . . . . . . . . . . . . . . . . K·m·s−1

Ωε = (15ν/ε)1/2 time microscale . . . . . . . . . . . . . . s
ΩE Eulerian time macroscale . . . . . . . . . . . . . . . . . . s
ΩL Lagrangian time macroscale . . . . . . . . . . . . . . . . s
ΩεL time of particle interaction with the intense

vortices . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . s
Ωθu time of drop contact with intense

gas-temperature pulsations . . . . . . . . . . . . . . . . . s
ρ,ρL,ρV mixture, liquid, vapor densities . . . . . kg·m−3

σ surface tension . . . . . . . . . . . . . . . . . . . . . . N·m−1

τ = ρLd2/(18µW) particle relaxation time . . . . s
τΘ = CpLρLd2

L/(6λNuL) particle thermal
relaxation time . . . . . . . . . . . . . . . . . . . . . . . . . . . . s

Subscripts

0 parameter at the duct axis
1 parameter under inlet conditions
A air
C critical value of a parameter
D diffusional parameter
i current calculation cross-section along the axial

direction
i − 1 previous calculation cross-section along the

axial direction
L drop
m mean-mass parameter
P non-evaporating particle
T turbulent parameter
V vapor
W parameter under condition at the wall
∗ parameter under saturation condition
+ denotes the dimensionless variables in dynamic

universal units
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flux density, and it increases with increasing flow veloc
and increasing concentration of liquid drops.

The case of heat and mass transfer in ducted tu
lent vapor–gas–drop flow was considered by Terekhov
Pakhomov [9]. To model the turbulent structure of the
phase, thek–ε model of turbulence was used, modified
the case of a flow with liquid drops. It was assumed t
the drops do not affect the flow velocity profile. Additio
ally, the drop size was assumed to be uniform along the
radius due to intense turbulent mixing of drops, althoug
continuously decreased along the duct length due to evap
tion processes. The numerical concentration of the disperse
phase remained fixed throughout the whole flow region
cluding some decrease in the total number of liquid dr
caused by their deposition onto the duct well. The rate of
latter process was calculated by the model proposed by
irrespectively of the transfer equations for the gas ph
Accordingly, the time-averaged and pulsational equation
motion for the dispersed phase were excluded from the
tem of governing equations, which approximation was ra
crude. Nevertheless, for low initial mass concentration
liquid drops(ML1 � 5%) and for relatively small particle
(d1 � 100 µm) this approach, as it was shown by [9], w
capable of providing a good agreement with the experim
proving the adequacy of the model to real flows under
indicated conditions.

The statement of the problem in the present study
based on using a unified system of Euler equations
transport phenomena in the gas and dispersed phases
adopted approach takes into account the effect of turbu
migration of liquid drops on the rate of the gas flow, on
intensity of heat and mass transfer in it, on the turbophor
force, and on the diffusion of particles caused by gradie
-

e

of their concentration. On the whole, the equations for
mean drop velocity and for its root–mean–square fluc
tions comply with those used by Shraiber et al. [14], N
matulin [15]; Volkov et al. [16], and Derevich [17]. The ma
purpose of the present study was to compare the nume
data obtained under the assumption of constancy of nu
ical concentration of drops and their ideal mixing, with t
data predicted by the model of interpenetrating continu
terms of Euler variables.

In the present study, a great number of factors, influen
the heat and mass transfer, such as the deposition of l
drops onto the duct wall, the effect of drop evaporation
the flow and on the duct wall, and the pulsational mot
of liquid drops across the duct were taken into acco
Data obtained during testing the model are described, a
comparison between the numerical and experimental re
of different authors is given.

2. Physical model

We consider the hydrodynamics and heat and m
transfer in a turbulent gas–vapor–drop flow through a p
The consideration takes into account the drop evapora
the interaction between the phases, the deposition of d
onto the wall, the heat-transfer between the drops and
wall, the turbulent motion of liquid drops, the turbophores
and the vapor diffusion into the vapor–gas mixture. T
radiative heat transfer was ignored because it was w
(see, for instance, [2–11]). Next, we assumed that, as d
come into contact with the wall, they undergo instantane
evaporation; for this reason, the duct wall was assume
always remain dry. To take into account the conductive h
transfer due to direct contacts of drops with the wall,
used the model of Mastanaiah and Ganic [3]. We cons
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the following three-stage mechanism of heat transfer in th
two-phase flow:

(1) part of the heat supplied to the wall is transferred
drops deposited onto the wall to be subsequently s
on their evaporation;

(2) part of the heat supplied to the wall is transferred to
gas–vapor–drop mixture;

(3) part of the heat supplied to the vapor–gas mixtur
transferred to the liquid drops to be subsequently sp
on their heating and evaporation.

The volume concentration of the liquid phase is l
(Φ < 10−4), and the drops are small (their diameterd1 is
smaller than 100 µm). In the zones where drops evapo
completely, their numerical concentration is modeled w
zero-diameter particles. In the flow, no coalescence of liq
drops into larger drops and no drop defragmentation oc
According to [3], the Weber number calculated from the d
ference between the velocities of the two phases and
the drop size,We= ρ| �U − �UL|d1/σ � 1, is much lower than
the critical Weber numberWeC ≈ 7. All drops are shaped a
spheres with static boundaries. According to [16,18], i
ducted flow of a two-phase mixture the effect due to in
particle collisions can be neglected if the volume concen
tion ΦL of the dispersed phase is lower than 0.1%. The d
temperature was assumed uniform along the drop radiu

To simplify the computational model, we used the
sumption that the vapor evaporated from drop surfaces
no effect on the kinetic-energy profiles of the gas-phase
bulence and on the dissipation rate of the kinetic energy

3. Mathematical model

3.1. Gas phase

With the adopted assumption, for the axisymmetric c
of a two-phase gas–drop flow in the boundary-layer app
imation, the system of governing equation, which inclu
the continuity equation, the equation of motion in the
ial direction, the energy equation, and the equation of va
diffusion into the binary vapor–gas mixture has the form

∂U

∂x
+ 1

r

∂(rV )

∂r
=6JΦ

ρd

ρ

[
U

∂U

∂x
+ V

r

∂(rU)

∂r

]

= −∂P

∂x
+ 1

r

∂

∂r

[
r(µ + µT )

∂U

∂r

]

− 3

4d
CDρΦ(U − UL)

∣∣ �U − �UL

∣∣ ± ρg

ρCp

[
U

∂T

∂x
+ V

r

∂(rT )

∂r

]

= 1

r

∂

∂r

[
r

(
µ

Pr
+ µT

PrT

)
∂T

∂r

]

− αnB(T − TL) + ρDT
∂KV

(CpV − CpA)
∂T
∂r ∂r
ρ

[
U

∂KV

∂x
+ V

r

∂(rKV )

∂r

]

= 1

r

∂

∂r

[
r

(
µ

Sc
+ µT

ScT

)
∂KV

∂r

]
+ JnB

ρ = P/(�T ), ∂P/∂r = 0 (1)

Hereρ, λ, µ, andD are the density, the thermal conductivi
and the dynamic viscosity of the air–vapor flow, and
coefficient of vapor molecular diffusion into the gas;Cp ,
CpA, andCpV are the specific heat capacities of the mixtu
air, and vapor;A = πd2/4 is the cross-sectional area of
drop;B = πd2 is the surface area of a drop;T andTL are the
mixture temperature and the drop temperature;n = 6ρML1

ρLπd3
1

[m−3] is the numerical concentration of liquid drops in t
pipe; J = ρV WV is the mass flux of the vapor from th
surface of an evaporating drop [kg·m−2·s−1]. The subscripts
A, L, andV refer to air, drop, and vapor. The subscriptT

denotes turbulent characteristics.
The continuity, energy, and diffusion equations cont

source and sink terms that model the effect of liquid dr
on transfer processes, and the equation of motion invo
an additional term that takes into account the dyna
interaction between the phases.

At the initial section of the pipe, the relation for determ
ing the derivative∂P/∂x, which enters the equation of mo
tion, is represented by the Bernoulli integral with allowan
for the additional inflow of vapor mass due to drop evapo
tion:

−∂P

∂x
= ρU0

∂U0

∂x
+ JnB

∣∣ �U − �UL

∣∣
The change of the flow velocity in the undisturbed c

of the flow can be found from the equation of constancy
the mass flux passing the cross-section of the duct:

ρU0π(R − δ)2+2ρπ

R∫
R−δ

Ur dr = G1 + GE (2)

whereδ is the boundary-layer thickness;G1 = ρUmπR2(1−
ML)—the mass rate of the vapor–gas mixture flow in
current duct cross-section;GE = ρV UmπR2(MV i − MV i−1)

—the mass rate due to droplets vaporization;Um is the mass-
mean flow velocity.

The final expression for the flow velocityU0 at the pipe
axis can be written as follows:

U0 = G1 + GE − 2ρπ
∫ R

R−δ Ur dr

ρπ(R − δ)2

The turbulent stress, the heat flux, and the turbulent visco
µT were calculated within the framework of the tw
parametrick–ε model:

〈uv〉 = −νT

∂U

∂r

〈tv〉 = − νT

PrT

∂T

∂r

µT = Cµfµρk2/ε
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3.2. Two-parametric model of turbulence

The equations for the kinetic turbulence energyk and for
the dissipation rate of this energyε modified to the case of
flow with a dispersed phase are

ρ

[
U

∂k

∂x
+ V

r

∂(rk)

∂r

]

= 1

r
· ∂

∂r

[
r

(
µ + µT

σk

)
∂k

∂r

]
+ Y − ρε + Sk

ρ

[
U

∂ε

∂x
+ V

r

∂(rε)

∂r

]

= 1

r
· ∂

∂r

[
r

(
µ + µT

σε

)
∂ε

∂r

]

+ Cε1εf 1Y

k
− Cε2ε

2ρf 2

k
+ Sε (3)

The following constants and damping functions were ado
by [19]: Cµ = 0.09,σk = 1.4, σε = 1.3,

Cε1 = 1.45, Cε2 = 1.9, f1 = 1

f2 = [
1− exp(−y+/6)

]2[1− 0.3 exp
{−(

Re3/4
T /6.5

)2}]
fµ = [

1− exp(−y+/26)
]2(1+ 4.1/Re3/4

T

)
and

Y = µT

(
∂U

∂r

)2

whereReT = k2/εν is the turbulent Reynolds number.
The first item in right side determine the additional dis

pation of gas stream turbulence due to pulsating interfa
slip. The second item describe the energy transfer with a
aged motion of the gas phase, caused by the averaged
facial slip with non-homogeneous distribution of dispers
phase concentration [16]:

Sk = −2MLρk

τ
exp

(−ΩL/τ
) − gkµT (U − UL)

∂U

∂x

∂ML

∂x

The first term connected withsmall particle influence on
the velocity of dissipation of turbulence energy of the fl
due to pulsating interfacial slip. The second item desc
the influence on the turbulence of averaged slip and the
homogeneous distribution of droplets [16]:

Sε = −2MLρLε

τ
exp

(−Ωε/τ
)

+ 2

3
gερε

[
(U − UL)

∂ML

∂x
+ (V − VL)

∂ML

∂r

]
The coefficients of drop entrainment into the micropul

tional motion of the gas flow in the above relations are gi
by the formulas

gk = ΩεL/τ − 1+ exp
(−ΩεL/τ

)
and

gε = Ωε/τ − 1+ exp
(−Ωε/τ

)
The values of turbulent Prandtl and Schmidt numb

were assumed spatially uniform both along the pipe len
and pipe radius, and also equal to each other,PrT = ScT =
r-

0.9. The Lewis number was taken equal to unity:Le =
Pr/Sc= 1.

3.3. Momentum and energy equation for the drops

Numerous present-day studies show that the main fo
acting on a particle in a turbulent flow under the conditio
under consideration are the turbophoresis, the drag, an
gravity force. The Saffman force is not considered becau
its exact value for turbulent flows is unknown. DNS a
LES data obtained by Uijetterwaal and Oliemans [20] sh
that the predominant influence on the motion of partic
is exerted by the turbulence and by the inertial forces.
thermophoretic effect and the Magnus force are igno
because both are weak. The aerodynamic forces due t
pressure gradient, the attached mass and the Basset effe
assumed weak since their order is proportional to the g
liquid density ratio; in the majority of practical cases, th
ratio approximately equals 10−3.

The system of the continuity equation, the equation
the mean velocity of the dispersed flow, and the cont
ity equation in the cylindrical coordinate system has
form [17]:

∂(ΦUL)

∂x
+ 1

r

∂(rΦVL)

∂r
= −6(J + ρLVLW)Φ

ρLd

UL
∂UL

∂x
+ VL

r

∂(rUL)

∂r
+ ∂〈u2

L〉
∂x

+ 1

rΦ

∂

∂r

[
rΦ〈uLvL〉]

= U − UL ± τg

τ
− DxL

τ

∂ lnΦ

∂r

UL
∂VL

∂x
+ VL

r

∂(rV L)

∂r
+ ∂〈v2

L〉
∂r

= U − UL

τ
− DrL

τ

∂ lnΦ

∂r
(4)

HereVLW is the rate of drop deposition onto the duct wa
and〈uLvL〉 are the correlations between the longitudinal a
transverse pulsating velocities of liquid drops, represen
turbulent stresses in the dispersed phase and written ac
ing to Derevich [17]:

〈uLvL〉 = qL〈uv〉 − 1

2
τ
〈
v2
L

〉∂UL

∂r

DxL = τ
(〈
u2

L

〉 + pL

〈
u2〉)

DrL = τ
(〈
v2
L

〉 + pL

〈
v2〉)

The functions that describe the entrainment of drops into
turbulent motion of the phase-carrier are [21]:

qL = 1− exp
(−ΩεL/τ

)
, pL = ΩεL/τ − qL

The energy equation for the mean drop temperature is

UL
∂TL

∂x
+ VL

r

∂(rT L)

∂r
+ 1

rΦ

∂

∂r

(
rΦ〈θvL〉)

= 6

C ρ d

{
α(T − TL) − J

[
L + CpV (T − TL)

]}
(5)
pL L



600 V.I. Terekhov, M.A. Pakhomov / International Journal of Thermal Sciences 43 (2004) 595–610

ure
cu-

f
ops

the

n-
ima

by
en

hase
rred
id

s is

s-
we

ity

rop
be

the
ps

e
y of

by

ps,
by

the

ce
ould
ature

nd
tion

the

f
nsfer
the

ers
where〈θvL〉 is the correlation between the drop-temperat
fluctuations and drop-velocity fluctuations, which was cal
lated by the following formula proposed by [17]:

〈θvL〉 = fθv〈tv〉 −
(

1

τ
− 1

τΘ

)−1〈
v2
L

〉∂TL

∂r
(6)

Heret is the amplitude of gas-temperature pulsations andθv

is the function that describes the entrainment of liquid dr
into the intense pulsations of the gas-phase velocity and
gas-phase temperature; this function has the form

fθv = {
τ
[
1− exp(−Ωθu/τ)

]
+ τΘ

[
1− exp(−Ωθu/τΘ)

]}
(τ + τΘ)−1

whereΩθu is the time during which drops contact with i
tense gas-temperature pulsations. In a first-order approx
tion, we assume thatΩθu ≈ ΩεL(ΩεL is the time of particle
interaction with the intense vortices).

It should be noted that the turbulent transfer of heat
the dispersed phase in Eq. (6) is caused by the involvem
of drops into intense gas-phase velocity and gas-p
temperature pulsations, and also by the heat flux transfe
in the radial direction by the stochastic motion of liqu
drops [17].

The time during which drop contacts intense vortice
given by the following formula [21]:

ΩεL =
{

ΩE,
∣∣ �U − �UL

∣∣ΩE � Γ E

Γ E/
∣∣ �U − �UL

∣∣, ∣∣ �U − �UL

∣∣ΩE > Γ E

where Ωθu is the time of drop contact with intense ga
temperature pulsations. In a first-order approximation,
assume thatΩθu ≈ ΩεL.

3.4. Pulsational equation for the dispersed-phase veloc

The second moments of the turbulent fluctuations of d
velocity in the longitudinal and transverse directions can
found from the following equations [17]:

UL

∂〈u2
L〉

∂x
+ VL

r

∂(r〈u2
L〉)

∂r

+ 1

rΦ

∂

∂r

[
∂(rΦ〈u2

LvL〉)
∂r

]
+ 2

〈
u2

L

〉∂UL

∂x

= 2

τ

(
qL

〈
u2〉 − 〈

u2
L

〉)
UL

∂〈v2
L〉

∂x
+ VL

r

∂(r〈v2
L〉)

∂r
+ 1

rΦ

∂

∂r

[
∂(rΦ〈v3

L〉)
∂r

]

= 2

τ

(
qL

〈
v2〉 − 〈

v2
L

〉)
(7)

The third moments of velocity pulsations describe
diffusion flux of energy due to the stochastic motion of dro
in the axial and radial directions Derevich [17]:〈
v2
LvL

〉 = −τ 〈v2
L〉

3

∂〈u2
L〉

∂r (8)〈
v3
L

〉 = −τ
〈
v2
L

〉∂〈v2
L〉
∂r
-

t

It follows from (8) that the transfer of energy by th
stochastic motion of drops is determined by the intensit
drop velocity pulsations in the transverse direction and
the gradient of corresponding second moments.

3.5. Drag and heat and mass transfer of an individual
evaporating drop

For evaporating drops, the drag coefficientCD is given
by the following expression [3]:

CD = CDP

1+ Cp(T − T L)/L

HereCDP is the drag coefficient of non-evaporating dro
which can be calculated from the relations proposed
Volkov et al. (1994)

CDP =
{

24/ReL, ReL < 1
24

ReL

(
1+ Re2/3

L /6
)
, ReL � 1

The conservation equation for the vapor mass on
surface of an evaporating drop can be written as

J = JKV S︸ ︷︷ ︸
I

−ρV D

(
∂KV

∂r

)
drop︸ ︷︷ ︸

II

(9)

where KV S is the vapor concentration at the interfa
between the vapor–gas mixture and the drop, which sh
be taken at saturation parameters for the drop temper
TL;

(I) is the convective (Stefan) flux of the mass of vapor; a
(II) is the mass rate of the vapor due to concentra

gradients.

Taking into account that the diffusional Stanton numberStD
has the form

StD = −ρV D
∂KV S

∂r
/ρ

( �U − �UL

)
(KV S − KV )

we can write the equation of mass conservation [9] in
form

J = StDρ
( �U − �UL

)
b1D (10)

Within the framework of the film model, the effect o
the transverse flow of mass on the heat- and mass-tra
coefficients of evaporating drops can be described by
following relations [22]:

NuL = ReJ Pr

exp(ReJ Pr/NuP ) − 1

ShL = ReJ Pr

exp(ReJ Pr/ShP ) − 1

whereNuP andShP are the Nusseldt and Sherwood numb
for non-evaporating drops:

NuP = αP d/λ = 2+ 0.6Re1/2
L Pr1/3 and

ShP = βd/D = 2+ 0.6Re1/2Sc1/3

L
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Here ReL = d
√

(U − UL)2 + (V − VL)2/ν is the particle
Reynolds number calculated from the slip velocity of the t
phases.

The diffusional Stanton number can be found from
expression

StD = ShL/(ReLSc) (11)

as a result, Eq. (11) with allowance for [10] acquires the fo

J = (
2+ 0.6Re1/2

L Sc1/3)ρ( �U − �UL

)
b1D/(ReLSc) (12)

According to [23], the heat-transfer coefficientα of evap-
orating drops is related to the analogous coefficientαP of
non-evaporating drops by the formula

α = αP

1+ Cp(T − TL)/L

The material-balance equation for a binary air–va
mixture is

KA + KV = 1

For a ternary vapor–gas–liquid mixture, this equation can
written as

MA + MV + ML = 1 (13)

The relation between the mass concentrationsK andM of
the mixture components is given by the formulas

KV = MV /(MA + MV ) and

KA = MA/(MA + MV ) = 1− KV

The expression for the current drop diameter in theith
calculation section is

d3
i,j = d3

i−1,j − Jd2
i−1

6	x

ρLUi,j

(14)

Under intense evaporation processes, as the flow m
in the pipe, the gas-phase velocity increases due to va
ization. This process is described by the source term in
continuity equation. Here, the increase in the local value
the flow velocity over the pipe cross-section depends on
gas-phase temperature field. The rate-mean velocity o
vapor–gas mixture was calculated with due consideration
the inflow of vapor mass from evaporating drops.

3.6. Heat transfer of drops deposited onto the duct wall

As liquid drops precipitate on the wall, part of the he
flux goes into their evaporation. As in the majority
previous models, for instance, in the models used by G
and Rohsenow [24] and [3], the possibility of superposit
of heat fluxes was assumed in the present study. The
flux densityqW supplied to the pipe wall consists of the he
to be subsequently transferred from the wall to drops(qWL)

and the heat transferred from the wall to the vapor–gas–
mixture(qWF ).

The density of the flux of heat from the wall to th
deposited drops is given by the following formula [24]:

qWL = exp
[
1− (TW/TL)2]VLWρLLMLm (15)
-

-

The mass-mean concentration of drops over the
cross-section is given by the formula

MLm = 2

UmR2

R∫
0

MLUr dr

To determine the mass concentrationMLW of drops
deposited onto the duct wall from the turbulent gas–vap
drop flow, we used the following algebraic relations [9]. T
mass of the liquid precipitating onto the duct wall is

mW = ρLVLW	x2π	r	t

where	x and	r are the steps along the longitudinal a
transverse coordinates, and	t is the time interval.

The numerical concentration of the dispersed phase in th
flow of precipitating drops is

nW = 6mW

π2ρLd3R2	x

The mass concentration of the drops precipitating onto
wall surface is

MLW = nW ρLπd3

6ρ
(16)

3.7. Determination of the intensity of gas-phase pulsatio

To perform a comparison of numerical results w
experimental data on the components of gas-phase vel
pulsations and drop velocity pulsations, it was neces
to calculate these quantities. It was assumed that the d
are relatively large, so that the dynamic timeτ of their
relaxation is longer than the integral Euler time scaleΩE

of the turbulence.
The time macroscale of the flow-core turbulence w

calculated from the relation borrowed from the work
Simonin et al. [25]:(
ΩE

)
0 = 0.22k/ε

Near the duct wall, the integral Euler time scale of the
bulence, needed for determining the transverse compo
of gas-phase pulsations, was approximated by the follow
relation [17]:

ΩE+ = ΩEU∗/ν =
√(

ΩE+
)2
0 + (

ΩE+
)2
W

,
(
ΩE+

)
W

≈ 10

The radial component of the root–mean–square gas-p
velocity pulsations is related with the turbulent diffusivity〈
v2〉 = νT /ΩL

The amplitude of gas-phase velocity pulsations in
axial direction was calculated by the following formula (s
Derevich [17]):〈
u2〉 ≈ 1.3k

and the relation between the time scales of turbulence for th
case of small particles has the form

ΩL ≈ 0.608ΩE
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4. Inlet and boundary conditions

At the pipe axis and at the external border of the bound
layer, the following symmetry conditions were set:

∂T

∂r
= ∂KV

∂r
= ∂U

∂r
= V = ∂UL

∂r
= VL = ∂〈u2

L〉
∂r

= ∂〈v2
L〉

∂r
= ∂TL

∂r
= ∂k

∂r
= ∂ε

∂r
= 0 (17)

At the duct wall, no-slip and impermeability conditions
were assumed. The boundary condition for the heat flu
qW = const:

U = V = ∂KV

∂r
= 0, −λ

∂T

∂r
= qWF

k = 0, εW = ν

(
∂2k

∂r2

)
W

(18)

The boundary conditions for squared fluctuations of the axia
and radial velocities, and for squared fluctuations of
dispersed-gas temperature are [17]:

〈
v2
L

〉∂UL

∂r
= −2

τ
qLνT

(
∂U

∂r

)
W

VLW =
(

2

π

〈
v2
L

〉)1/2

∂〈u2
L〉

∂r
= 0

∂〈v2
L〉

∂r
= −VLW/τ (19)(

1

τ
− 1

τΘ

)−1〈
v2
L

〉∂TL

∂r
= fθv〈tv〉W (20)

At the inlet section of the duct, a uniform distribution
the temperatures and velocities of the phases was assu
All drops at the duct inlet were assumed to have ident
sizes and temperatures. At the inlet, either identical o
different temperatures of the phases could be ado
(equilibrium and non-equilibrium regimes).

U = U1, V = V1, T = T1

ML = ML1, TL = TL1, d = d1

KV = KV 1, k = k1, ε = ε1 (21)

For uniform inlet profiles of the turbulent energyk and
for the rate of its dissipationε, the data of [26] were used:

k1 = 1.5T u2U2
1 , ε1 = Cµ

k
3/2
1

0.06R

The turbulence degreeT u of the gas phase at the inlet to t
duct assumed to equal 4%, and that in the viscous subl
6%.

Relations (1)–(16) with corresponding boundary a
initial conditions (17)–(21) provide a closed system
equations governing the heat- and mass-transfer proc
in a turbulent two-phase flow. This system makes it poss
d.

,

s

to calculate all sought quantities, including the tempera
field and the distributions of the concentrations of phases
components of the vapor–gas mixture, and also to revea
evolution of drop sizes in the downstream direction.

5. Numerical algorithm

The numerical solution of the parabolic partial equatio
was obtained with the help of the Crank–Nicholson fin
difference scheme reported by [27], by transforming the
tial system of differential equations into a system of discr
linear algebraic equations. The obtained tridiagonal sys
was solved by the sweep method using the Thomas a
rithm, which was described in detail by [27]. A calculati
grid with densening of nodal points in the direction towa
the wall was used to resolve the details of the turbulent fl
in the near-wall zone. In the longitudinal direction, the g
was uniform.

Since the step of the calculation grid was non-unifo
in the radial direction, we applied a transform of t
coordinater making it possible to solve the equatio
on a spatially uniform grid. The transform of coordina
reported by [27] is quite appropriate for solving the tw
dimensional boundary-layer problem.

All calculations were performed on a grid with 101 nod
points in the longitudinal direction and with 101 nodal poi
in the radial direction. In addition, methodical calculatio
were performed on a smaller, nested grid; this grid had
nodal points over the pipe length and 201 nodal points o
the pipe radius. Further increase in the number of no
points yielded no substantial changes in the calcula
results.

Since the system (1)–(21) included non-linear equatio
an iteration procedure was used to calculate its solution.
convergence criteria|Yi − Yi−1| < 10−4, whereY stands for
U , k, ε, T , KV , UL, VL, 〈u2

L〉, 〈v2
L〉, andTL, were adopted

The calculations were terminated if all these criteria w
met.

6. Testing of the model

6.1. Single-phase regime of the gas flow

The adopted model was tested by comparing its pre
tions with the data obtained by means of Direct Num
cal Simulations, and also with the PIV and LDA data o
tained by Eggels et al. [28] for a tube single-phase isot
mal air flow. In addition, a good agreement was obtained
tween the results yielded by the presentk–ε model and the
heat-transfer regularities in the turbulent single-phase
[29,30].

6.2. Two-phase flow of an air–drop mixture without heat
transfer

To perform a comparative analysis of the two-phase fl
mode, the experimental data of Varaksin [31] for a desce
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ing gas–glass particle flow were used. The calculated
measured distributions of the velocities of the phases
the pipe radius are shown in Fig. 1. The initial data
the calculations were: 2R = 46 mm, Re= 12 300,U0 =
4 m·s−1, MP = 2%, d = 50, 100 µm,ρp = 2550 kg·m−3,
andτ+ = 79.

Close consideration of the data of Fig. 1 for the two-ph
flow with a low concentration of the dispersed phase sh
a good agreement between the predicted and meas
values throughout the whole flow region examined in t
study. The velocity of glass particles is higher than
gas-flow velocity, and the difference between the veloci
increases in the direction towards the duct wall, which
be explained by considerable inertia of glass particles. B
the calculation and experimental data are indicative o
increase in the slip velocity of the phases in the near-w
region of the descending flow. It should be noted that
data yielded by the model qualitatively comply with t
Large Eddy Simulation results reported by [20] for a verti
isothermal dispersed flow through a cylindrical channel.

The radial distributions of relative axial and radial p
sating velocities of the gas and dispersed phases are
pared in Fig. 2 with the experimental data reported by [3
The experiments were performed for a descending air–g
particle flow using the LDA technique. The initial data f
the numerical experiment were as follows: 2R = 46 mm,
U0 = 5.2 m·s−1, d = 50 µm,ρp = 2550 kg·m−3, MP = 5%,
τ+ = 125, andRe= 15 300.

The comparison allows the following conclusions to
made. The predicted intensities of gas-phase and g
particle pulsations in the longitudinal and transverse di
tions compare well with the experimental data. A satisf
tory agreement between the pulsational characteristics of th
particles predicted by the model of [17] and the experim
tal data of [31] is worth noting. The calculation results ag
better with experimental data when considering transv
pulsations of the phase-carriervelocity, probably because o
the chosen approximation for〈u2〉. The amplitude of turbu
lent pulsations of particle velocity in the axial direction

Fig. 1. Radial distributions of measured [31] and theoretically predicte
glass-particle velocities in the stabilized flow.
d

-

-

appreciably higher than in the radial direction. This pheno
enon is caused not only by the fact that the pattern of the
phase turbulence is non-isotropic, but also by the additio
generation of turbulence by particles as the particles mov
the field of the dispersed-phase axial velocity gradient.
seen from the distributions shown in Fig. 2 that the inten
of transverse particle velocity pulsations is lower than
corresponding value for the phase-carrier. This finding
be explained as follows. The Stokes number in the la
scale pulsational motion is defined asStk = τ/ΩL, which
yieldsStk ≈ 1; it follows from here that particles readily g
entrained into the large-scale pulsational motion and ea
take off energy from the turbulent phase-carrier eddies. A
crease in the intensity of transverse pulsations of the
phase suppresses the pulsations of fine particles; this
was reported in many numerical and experimental stu
(see, e.g., [14–18,20,31,32]).

Numerical and experimental data of [31] on the distr
ution of kinetic turbulence energy over the pipe radius
various concentrations of glass particles are compare
Fig. 3. The experimental conditions in these experime

Fig. 2. Comparison of numerical results with the experimental dat
Varaksin [31] on the distribution of root-mean-square pulsations of air
glass-particle velocities: (1)〈u2〉1/2/U0; (2) 〈v2〉1/2/U0; (3) 〈v2

L
〉1/2/U0;

(4) 〈u2
L〉1/2/U0. Curves—calculation.

Fig. 3. Effect of particles on the distribution of gas-phase turbulence en
over the pipe cross-section. Curves—calculation, points—experiment [31
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corresponded to the following values of governing pa
meters: 2R = 64 mm,U0 = 6.4 m·s−1, d = 50 µm,ρp =
2550 kg·m−3, τ+ = 20, andRe= 25 600. It is seen from
Fig. 3 that the presence of relatively small particles in
flow suppresses the turbulence. The laminarizing actio
the particles becomes more pronounced with increas
their mass concentration and with moving farther from
wall. These conclusions are also in line with the experim
tal data of [32].

Fig. 4 gives a comparison of predicted deposition ra
of particles with the experimental data of Sehmel [33]. W
increasing mass-mean flow velocityUm, the rate of particle
deposition onto the wall also increases; this regula
can be attributed to the intensifying effect of turbule
migration on the rate of particle deposition. It is se
from the figure that the calculation data for small partic
(d1 < 0.1 µm) display almost zero effect of the initi
particle size on the deposition rateVLW . This is caused
by the limitation of the model since, in the submicrome
region, the transport of dispersed impurities is controlled
Brownian diffusion.

Fig. 4. Rate of particle deposition from the two-phase flow onto the d
wall versus the drop size. (1)Re= 2× 105; (2) Re= 5× 105.

Fig. 5. Comparison of calculation results with the numerical data of [4
the heat transfer in the turbulent vapor–drop flow.Re1 = 1.6× 105.
6.3. Two-phase vapor–drop flow with heat transfer

The adequacy of the developed model for the sin
component water–vapor flow under drop evaporation
checked by comparing its results with the numerical heat
transfer data of [4] obtained for a turbulent steady-s
vapor–drop flow (see Fig. 5). A satisfactory agreem
between the values predicted by the model and the da
Rane and Yao [4] was obtained.

7. Numerical results and comparison with experimental
data

7.1. Numerical data

All calculations were performed for an air–water–vapo
mixture with water drops. The pressure was atmosph
The pipe length was 2 m, and the inner pipe diameter
0.02 m. The values and ranges of initial parameters wer
follows: the temperature of the steam-gas mixture at the
to the ductT1 = 293 K; the drop temperatureTL1 = TS =
293 K; the initial drop diameterd1 = 0.1–100 µm, which
corresponded to the dimensionless time of particle relaxa
τ+ = 10−3–103; the flow Reynolds numberRe= U12R/ν =
104–106; the particle Reynolds number calculated from
inter-phase velocity and from the initial dispersed-phase
ReP = d1( �U − �UL)/ν = 0.01–4 (thus, here we still remai
in the Oseen flow mode region); the mass concentra
of the drop phaseML1 = 0–0.1; and the mass fraction
water vaporMV 1 = 0.014. Above,TS is the equilibrium
temperature under the adopted physical conditions. Al
calculations were performed assuming the condition of h
flux constancy at the wall surface,qW = const; the wall heat
flux density wasqW = 5 kW·m−2.

The distributions of the dimensionless temperatureΘ =
(TW − T )/(TW − T0) over the duct cross-section calculat
for various mass concentrations of liquid drops are show
Fig. 6. Curve 1 shows the temperature profile for the sin

Fig. 6. Radial profiles of the temperature of the vapor–gas mixtur
Re= 13000, x/(2R) = 20, T1 = TL1 = TS = 293 K, d1 = 30 µm,
qW = 5 kW·m−2. (1) ML1 = 0; (2) 0.01; (3) 0.05; (4) 0.1
(5) Θ = (1− r/R)1/7.
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flow
phase air flow, and curve 5 was calculated by the class
“law of 1/7” for the region of stabilized flow. As is see
from the figure, an increase in the inlet concentration o
liquid drops gives rise to more filled temperature profil
thus intensifying the heat transfer to the pipe wall. T
greater filling of the temperature profiles is caused, firs
all, by higher intensity of evaporation processes in ste
gas flows with high air content. As the air concentration
the mixture increases, the diffusion flux of vapor from t
surface of drops increases, resulting in a higher rate of d
evaporation.

The processes of heat and mass transfer between th
uid phase and the vapor–gas mixture, and also the heat t
fer with the pipe surface are interrelated processes. To
a better insight into the mechanism of these processes
required to examine the downstream evolution of the va
concentration fields. Such data are shown in Fig. 7. N
that, in the treated range of drop concentrations, the duct
at the pointx/(2R) = 20 still remains dry. The mass vap
content in individual cross-sections of the duct steadily
creases (by several times) and attains its highest in the
wall region, where the evaporation rate is maximal. The
lowing feature in the figure deserves mention. Near the w
where drops undergo rapid evaporation, the mass conce
tion of vapor displays a slight decrease. This fact can be
plained by redistribution of the vapor concentration, wh
tends to acquire its initial profile. Fig. 7 shows that the dis
bution of the drop and steam concentration across the bo
ary layer displays rather a complex behavior.

Fig. 8 shows the radial distribution of the axial gas-ph
velocity; here,U0 is the velocity of the steam-gas flow
the pipe axis. An increase in the mass concentration o
dispersed phase gives rise to more filled velocity profi
as well as to more filled temperature profiles of the vap
gas mixture (see Fig. 6). The latter is caused by hig
intensity of evaporation processes near the duct wall
greater variation of the density of the two-phase flow
this region, and, hence, by the growth by the longitud
pressure gradient. This is seen most clearly from the

Fig. 7. Profiles of vapor concentration over the duct cross-section. Th
experimental conditions are the same as in Fig. 6. (1)ML1 = 0.01; (2) 0.05.
Solid curves—d1 = 30 µm; dashed curves—100 µm.
-
-

-

-

-

phase velocity profile in the near-wall region, where, as
mass concentration of liquid drops (ML1 > 5%) increases
due to their evaporation, local maximum of the velocity
the vapor–gas flow appear. Note that calculations accor
to the full system of Euler equations (1)–(16) (see Fig
show no notable changes in the gas-phase velocity
compared to the data predicted by the model of [9].

The distributions of the kinetic energy of gas-phase
bulence over the duct cross-section for various concen
tions of liquid drops are shown in Fig. 9. As the surface
approached, the turbulence intensity increases due to the d
crease of drop sizes in the course of evaporation and d
the rise of turbulence intensity in the near-wall zone. The
crease in the level of the turbulence kinetic energy is cau
by active entrainment of relatively small particles into t
pulsational motion of the gas phase and by transfer of
sational energy from the vapor–gas mixture to liquid dro
These conclusions are in qualitative agreement with the
perimental data of Tsuji et al. [32], who observed a sli
increase in the turbulence level of the flow after adding la
particles (dP = 3 mm) to it and a dramatic decrease in t

Fig. 8. Radial profiles of the velocity of the gas-phase mixtu
(1) ML1 = 0; (2) 0.01; (3) 0.05; (4) 0.1; (5)U/U0 = (1 − r/R)1/7. Solid
curves—calculation by the present model; dashed curves—calculatio
the model of Terekhov and Pakhomov [9].

Fig. 9. Distribution of gas-phase turbulence energy in the gas–drop
over the duct cross-section. (1)ML1 = 0.01; (2) 0.015; (3) 0.1.
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Fig. 10. Distribution of radial root–mean–square pulsations of the gas-ph
and dispersed-phase velocities. (1)〈v2〉1/2/U2∗ ; (2)–(6) 〈v2

L
〉1/2/U2∗ .

(2) d1 = 1 µm,τ+ = 0.1; (3) 10 µm,τ+ = 8; (4) 30 µm,τ+ = 70; (5) 50 µm,
τ+ = 190; (6) 100 µm,τ+ = 760. Solid curves—adiabatic flow; dashe
curves—non-isothermal flow.

turbulence kinetic energy after seeding the flow with sma
particles (dP = 200 µm) or after decreasing their dens
(from ρP = 2600 kg·m−3 to ρP = 1000 kg·m−3). Simulta-
neously, a third factor, the acceleration of high-inertia parti-
cles by the flow, may exert a more pronounced action, fin
resulting in a growth of friction with increasing drop diam
ter.

The distributions of root-mean-square radial pulsati
of the gas-phase and dispersed-phase velocities ove
transverse coordinate for the cases of adiabatic (qW =
0 kW·m−2) and non-isothermal (qW = 5 kW·m−2) flows
are shown in Fig. 10. The amplitude of these pulsati
increases with distance from the wall due to the decre
of the mixing length and increase of the Stokes num
Stk = τ/ΩL, where ΩL is the Lagrange integral tim
macroscale of turbulence, in the large-scale pulsatio
motion. As the drop size (or the dynamic-relaxation timτ
of drops) increases, the drops get entrained into the la
scale high-energy pulsational motion of the gas phase;
result, they can take off considerable turbulent energy f
the gas flow. This effect becomes more pronounced w
increasing number of drops. A decrease in the amplitud
air-velocity pulsations leads to a decrease of the inten
of dispersed-phase velocity pulsations. These data a
qualitative agreement with the data obtained for air fl
with solid particles in a tube (see, e.g., [17,32]). The n
uniform distribution of temperature in the flow results
drop evaporation; accordingly, the drop size and the m
concentration of liquid drop decrease, and the drops tak
lesser amount of the gas-phase turbulent energy after b
involved into the pulsational motion.

The non-uniformity of radial drop-velocity pulsation
causes migration of liquid drops in the direction along wh
the intensity of dispersed-phase pulsations decreases. F
shows the distribution of the relative turbophoresis velo
V T P+ = V T P /U∗ = −τ+∂〈v2

L+〉/∂r+ over the duct cross
section for drops of various sizes (here, the sign “+” shows
e

1

Fig. 11. Radial profiles of dimensionless turbophoresis velocityV T P+ . Solid
curves—adiabatic flow; dashed curves—non-isothermal flow.

Fig. 12. Surface friction coefficientCf /Cf A versus the mass concentratio
of the liquid phase. (1)d1 = 1 µm, τ+ = 0.1; (2) d1 = 10, τ+ = 8;
(3) d1 = 30,τ+ = 70; (4)d1 = 50,τ+ = 190; (5)d1 = 100,τ+ = 760.

that the marked quantity is written in dynamic variable
The dashed and solid curves in this figure refer to n
isothermal turbulent gas–drop flow (qW = 5 kW·m−2) and
to adiabatic turbulent gas–drop flow (qW = 0 kW·m−2).
The velocity of migrating drops is directed towards t
duct wall; it substantially depends on the particle size
on the transverse coordinate. An increase in the in
drop size (or in the dynamic-relaxation time) causes a
of the turbophoresis velocity due to the increasing r
of turbulent dispersion-phase transfer mechanisms. As
drop size further increases, the turbulent-migration velo
decreases due to flattening of the distribution of parti
velocity pulsations over the duct cross-section.

Fig. 12 illustrates the effect of the mass content of liq
drops in the flow in the surface-friction coefficient. He
Cf A is the surface friction coefficient for the single-pha
air flow. The friction coefficient almost linearly increase
with increasing drop concentration and with increasing d
size. Nevertheless, this increase is insignificant, amoun
to about 15% for the mass concentration of large dr
ML1 = 0.1. Another important feature of Fig. 12, whic
is worth noting, is that, with increasing drop diameter,
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Fig. 13. Radial profiles of the kinetic energyk0/k0A of the gas-phase
turbulence. The designations are the same as in Fig. 12. S
curves—calculation by the present model; dashed curves—calculatio
the model of [9].

friction coefficient also increases. The downstream evolu
of the axial-velocity profiles (see Fig. 8) and, hence,
variation of the friction coefficient in the steamwise directi
is influenced by many factors.

The presence of the dispersed phase in the flow
presses the gas-phase turbulent pulsations. This is ev
from the numerical data of Fig. 13 (here,k0A is the kinetic
energy of air turbulence at the pipe axis); these data s
that large drops and their high concentration promote fl
laminarization due to entrainment of liquid drops into t
high-energy large-scale vortices of the gas flow. Very sm
drops turbulize the flow since they suppress viscous
sipation in the equation for the gas-turbulence kinetic
ergy [18]. Calculations by the full system of Euler equatio
(see Fig. 13) yield no considerable changes in the res
concerning the kinetic energy of the gas-phase turbule
compared to the data obtained by the model of Terekhov
Pakhomov [9]. The latter shows that non-uniformities in
drop-concentration fields and in the average inter-phase
locity only insignificantly affect the values ofk andε. For
this reason, in the first-order approximation, these terms
be omitted from Eq. (3).

Fig. 14 illustrates the effect of mass content of liqu
drops on the heat-transfer intensification ratio. In this figu
NuA is the Nusselt number in a single-phase air flow with
identical flow Reynolds number. As is seen from Fig. 14,
presence of evaporating drops exerts a profound influenc
the heat-transfer intensification ratio in the two-phase g
drop flow (the heat-transfer rate increases more than th
fold); simultaneously, the wall friction increases insign
cantly, approximately by 15% (see Fig. 12). The greater
drop diameter, the higher is the surface friction; on the c
trary, the heat-transfer rate decreases (see Fig. 14). Ca
tions by the full system of equation in the Euler approxim
tion of the Nusseldt number (see Fig. 14) yield considera
changes in the calculated values ofNu compared to the dat
obtained by the model of [9]. Thus, it is the rate of heat tra
fer between the duct wall and the gas phase that is affe
t

-

-

-

Fig. 14. Variation of the heat transfer intensification ratioNu/NuA in
the gas–drop flow. The designations are the same as in Fig. 12.
curves—calculation by the present model; dashed curves—calculatio
the model of [9].

Fig. 15. Distribution of the radial drop acceleration over the tu
cross-section.

by the pulsations of velocity and temperature of evapora
drops in a greater extent.

Fig. 15 shows the distributions of radial drop-acceleratio

ratios over the duct radius. Here,af = ∂〈v2
L〉

∂r
; a = UL

∂VL

∂x
+

VL

r
∂(rV L)

∂r
. It should be noted that, with increase in the dr

concentration and in the initial drop size, the value of
turbophoresis-induced radial acceleration decreases
the level of dispersed-phase velocity pulsations diminis
Initially, as the drop diameter increases, the turbophore
induced acceleration increasesbecause turbulent transpo
mechanisms start operating (submicrometer drops are t
ferred via Brownian diffusion); that is the reason for t
growth of the turbophoresis-induced radial accelerat
Note that, under the adopted conditions, the migration trans
fer of liquid drops should necessarily be taken into accoun
since it may give rise to considerable drop fluxes.

The distribution of turbulent heat fluxes in the dispers
phase over the duct cross-section is shown in Fig. 16, w
qf = 1

rΦ
∂(rΦ〈θvL〉)

∂r
; q = UL

∂TL

∂x
+ VL

r
∂(rT L)

∂r
. The turbulent

heat fluxes supplying heat to liquid drops turned out
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Fig. 16. Radial distribution of the turbulent heat flux in the dispersed phas

Fig. 17. Dimensionless rate of drop deposition versus the flow Reyn
number in the isothermal and non-isothermal flows. (1)qW = 0 kW·m−2;
(2) 5.

be lesser than the radial accelerations in Fig. 15; for this
reason, in the first-order approximation, the termqf can
be neglected compared toq . An increase in the liquid
phase concentration causes an increase in the fraction o
turbulent heat flux that supply heat to liquid drops beca
more drops get entrained into the high-energy gas-velo
and gas-temperature pulsations and due to transfer of he
the radial direction by the stochastic motion of liquid dro

The relative rates of dispersed phase deposition f
the turbulent gas–drop flow onto the duct wall in the ca
of adiabatic (qW = 0 kW·m−2) and non-isothermal (qW =
5 kW·m−2) flows are shown in Fig. 17 as a function
the flow Reynolds numberRe= U12R/ν. With increasing
Reynolds number, the deposition rate also increases, w
can be explained by the increasing role of turbulence-rel
processes, namely, diffusion and turbophoresis. It is s
from the figure that the deposition rate of submicrome
drops is practically independent of theRe number since
here, it is Brownian diffusion that plays a predominant p
The heat transfer is related with drop evaporation and, he
with the reduction of drop sizes; that is why the rate of d
deposition diminishes as drops undergo evaporation.
e

,

Fig. 18. Variation of the wall temperature. Curves—calculatio
points—experimental data of [11]. (1)qW = 17.84 kW·m−2; (2) 13.92;
(3) 11.5.

Fig. 19. Heat transfer intensification ratios as predicted by the present m
in comparison with the experimental data of Mastanaiah and Ganic [3
numerical data of our study. (1)qW = 14.53 kW·m−2; (2) 8.34; (3) 6.4.

Results similar to those shown in Fig. 15–17 were a
obtained for other proportions of inlet parameters.

7.2. Comparison with the experimental data

Subsequent figures compare the present calculatio
sults with previously reported experimental data on heat
mass transfer in ducted stabilized flows.

The longitudinal distributions of the wall temperatureTW

measured by Sicalo et al. [12] are shown in Fig. 18. T
initial data for performing the comparative analysis we
ML1 = 0.5%, Re= U12R/ν = 39 300, 2R = 13.2 mm,
calculation length 0.924 m,GA = 7.58 g·s−1, d1 = 16 µm,
τ+ = 272, andT1 = 293 K. The experiments were carrie
out under atmospheric pressure. The data of Fig. 12 s
that the predicted distributions of the wall temperat
compare well with the measured ones.

The heat-transfer intensification ratios measured by M
tanaiah and Ganic [3] and the heat-transfer intensifica
ratios predicted by the present model are compare
Fig. 19, where the quantityαA corresponds to the case of
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single-phase air flow under identical conditions. The initial
data in the numerical experiment were:ML1 = 1.1–2.1%,
Re= U12R/ν = 21 800–58600, 2R = 12.95 mm, calcula-
tion length 0.889 m,GA = 4.02–10.8 g·s−1, d1 = 9–23 µm,
τ+ = 139–208, andT1 = 300 K. The experiments were ca
ried out under atmospheric pressure. Both measured and
dicted α/αA ratios display a monotonic decrease over
duct length and reduction with increasing wall heat-flux d
sity. An increase in the wall heat-flux density causes a
crease in the heat-transfer ratio because, in this case, the
temperature rises.

8. Conclusions

We developed a physical model of combined heat
mass transfer in the turbulent flow of a gas–drop mixtu
This model treats the liquid phase as local sinks of heat
sources of vapor mass and inter-phase friction. To calcu
turbulent characteristics of the gas phase, we used the
k–ε model of Nagano and Tagawa, extended to the cas
a flow with a dispersed phase. A closed system of tran
equations for the gas and dispersed phases, based on
the Euler approach, is constructed. The model takes
account the deposition of liquid drops onto the wall, the h
transfer caused by direct contacts of drops with the wall, and
the turbulent migration of the dispersed phase.

An increase in the mass concentration of liquid dro
leads to a considerable (by several times) intensification o
heat- and mass-transfer processes in the two-phase flow
a corresponding growth of the fraction of the heat spen
the phase transition and on the heat transfer due to
contacts with the wall.

An increase in the initial drop diameter leads to a d
matic decrease in the rate of heat transfer between the
wall and the gas–vapor–drop mixture; simultaneously,
wall friction increases insignificantly. The distribution of th
concentration of components of the two-phase mixture o
the duct cross-section displays a complex downstream
havior. As the drop concentration increases, a local m
mum appears in the gas-phase velocity profile; this m
mum, caused by the evaporation of the dispersed phase
in the near-wall zone.

The calculations treating the gas and dispersed phas
the Euler approximation yield substantial differences in
results concerning the heat transfer and turbulence of the
and drop phases due to more adequate description of i
phase transfer as compared to the model of Terekhov
Pakhomov [9].
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